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bstract

In this work, the removal of ammonia from synthesis purge gas of an ammonia plant has been investigated. Since the ammonia decomposition is
hermodynamically limited, a membrane reactor is used for complete decomposition. A double pipe catalytic membrane reactor is used to remove
mmonia from purge gas. The purge gas is flowing in the reaction side and is converted to hydrogen and nitrogen over nickel-alumina catalyst.
he hydrogen is transferred through the Pd–Ag membrane of tube side to the shell side. A mathematical model including conservation of mass in

he tube and shell side of reactor is proposed. The proposed model was solved numerically and the effects of different parameters on the rector
erformance were investigated. The effects of pressure, temperature, flow rate (sweep ratio), membrane thickness and reactor diameter have been
nvestigated in the present study. Increasing ammonia conversion was observed by raising the temperature, sweep ratio and reducing membrane

hickness. When the pressure increases, the decomposition is gone toward completion but, at low pressure the ammonia conversion in the outset
f reactor is higher than other pressures, but complete destruction of the ammonia cannot be achieved. The proposed model can be used for design
f an industrial catalytic membrane reactor for removal of ammonia from ammonia plant and reducing NOx emissions.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Ammonia is used for production of urea, nitric acid and
mmonium nitrate. It is produced from synthesis gas in a large
cale. Ammonia is produced in three steps: desulphurization
f natural gas, synthesis gas production from natural gas and
mmonia synthesis. The purge gas from ammonia synthesis
lant contains some ammonia. Owing to the eutrophication
roblem caused by ammonia, the environmental regulations in
very country are becoming steadily more stringent [1]. Accord-
ng to the worldwide emphasis on eutrophication problem and
he toxic property of ammonia on the living, the discharge of
mmonia to aquifers is intensely focused. At high levels of
mmonia, toxic effects can be observed. These may include the
eath of animals, birds, fish and death or low growth rate in plant.

ong term effects may include shortened lifespan, reproductive
roblems, lowered fertility, and changes in appearance or behav-
or. Exposure to high levels of ammonia can cause irritation and

∗ Corresponding author. Tel.: +98 711 2303071; fax: +98 711 6287294.
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erious burn on the skin and in the mouth, throat, lungs and eyes
2].

In some ammonia plants the synthesis purge gas is burned in
rimary reformer as fuel and NOx is generated according to the
ollowing reactions:

H3 + O2 ↔ NO2 + 3
2 H2 (1)

H3 + 1
2 O2 ↔ NO + 3

2 H2 (2)

In order to utilize this purge gas for burning in the primary
eformer, NH3 must be removed to prevent NOx formation.
he concentration of NH3 in the purge gas may be as high as
.27 mol%. Therefore in an ammonia plant, 1600 t of ammo-
ia is burned per year and NOx is formed. Table 1 summarizes
urge gas compositions in an ammonia plant [3]. The chem-
cal process industry has task of reducing greenhouse effect
y devising new processes and finding solutions which should

ot produce pollutant. Absorption of ammonia by water can-
ot remove NH3 perfectly and 400 ppm of ammonia remains in
urge gas [4]. The purge gas in Shiraz petrochemical complex is
sed for recovery of argon. Therefore ammonia is removed from

mailto:rahimpor@shirazu.ac.ir
dx.doi.org/10.1016/j.jhazmat.2007.08.095
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Nomenclature

A membrane area (cm2)
d tube diameter (cm)
E activation energy
F s

i molar flow rate of component i in shell side
(mol/s)

F t
i molar flow rate of component i in tube side (mol/s)

F s
in molar flow rate of sweep gas (mol/s)

F t
in molar flow rate of purge gas (mol/s)

k reaction rate constant (mol/(m3 s))
k0 pre-exponential factor (mol/(m3 s Pa−0.674))
Keq equilibrium constant (Pa)
l axial position in reactor (cm)
L tube length (cm)
Pi partial pressure of component i in reaction side

(atm)
P1 hydrogen partial pressure in reaction side (atm)
P2 hydrogen partial pressure in shell side (atm)
QH Permeation rate of hydrogen through the Pd–Ag

membrane (mol/s)
Qi permeation rate of component i (mol/s)
Q0 permeation rate constant (mol cm/(cm2 s atm1/2))
rNH3 ammonia decomposition rate (mol/(m3 s))
R universal gas constant (kJ/(mol K))
T reaction temperature (K)
yif mole fraction of component i in feed

Greek symbols
β exponential constant in rate equation
δ membrane thickness (cm)
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νi reaction stoichiometry of component i
π 3.1416

urge gas feed by water in scrubbing tower at pressure about
4 kg/cm2. At these conditions, scrubbed purge gas, contain-
ng around 100 ppm ammonia leaves the scrubber [5]. Another
ethod is ammonia destruction in a conventional packed bed
atalytic reactor according to the following reaction:

H3 ↔ 1
2 N2 + 3

2 H2 (3)

able 1
pecifications of ammonia plant purge gases in Razi petrochemical complex [3]

lant specifications Value

umber of ammonia units 2
apacity per unit (t/day) 1000
urge gas flow rate per unit (kg mol/h) 285
otal ammonia in purge gases (t/year) 1600
urge gas streams pressure (bar) 108.9

as composition (mol%)
N2 19.36
H2 58.15
NH3 2.27
Ar 6.02
CH4 14.2
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Ammonia decomposition reaction is limited due to the high
oncentrations of H2 and N2 in purge gas at these conditions.
herefore a catalytic membrane reactor should be used. Mem-
rane reactor can be used to increase conversion when the
eaction is thermodynamically limited as well as to increase
electivity when multiple reactions are occurring.

Thermodynamically limited reactions are reactions where the
quilibrium lies far to the left and there is little conversion. The
embrane reactor is another technique for driving reversible

eactions to the right toward completion in order to achieve very
igh conversions. These high conversions can be achieved by
aving one of the reaction products diffuse out of a permeable
embrane. For reactions, which are thermodynamically lim-

ted, selective product removal or reactant addition may be used
o increase conversion. One of the most important advantages
f membrane reactors is the possibility of overcoming the lim-
tation imposed by thermodynamic equilibrium. The presence
f a perm-selective membrane in a reacting system modified,
ia the Lechatelier–Brown principle, the conversion that can be
chieved by the system, to higher than the equilibrium value.
s a result, the reverse reaction will not be able to take place,

nd the reaction will continue to proceed to the right toward
ompletion.

The hydrogen molecule is small enough to diffuse through
he small pores of the Pd–Ag membrane while N2 and NH3
annot (pore size of membrane is 4 nm [4]). Gobina et al. [4]
erformed an experimental and theoretical study on removal
f ammonia from gasification of coal in a Pd–Ag membrane
atalytic bed reactor. They used the feed containing hydrogen,
mmonia, water, H2S, N2, CO + CO2, CH4 and implemented
he membrane possesses 100% permeability to hydrogen alone.
ecently, Rahimpour and Lotfinejad presented dynamic model

or a Pd–Ag membrane dual-type methanol synthesis reactor
6]. Alloying the palladium, especially with silver, leads to
n increase of the hydrogen permeability. A maximum value
f the hydrogen flow is reached for an alloy with approx-
mately 23 wt% silver. Similar to Pd/Ag, other alloys, e.g.
d/Y or Pd/Ce show high hydrogen permeability and good
echanical stability [7]. Palladium-based membranes have been

sed for decades in hydrogen extraction because of their high
ermeability and good surface properties and because palla-
ium, like all metals, is 100% selective for hydrogen transport
8].

Consequently, the reaction continues to proceed to the right
ven for a small value of the equilibrium constant. Other poten-
ial use for this method is hydrogen recovery from ammonia
lant purge gas. Catalytic membrane reactor have been the sub-
ect of numerous recent investigations such as steam reforming
f methane [7,9–11], dehydrogenation reactions [12–15], partial
xidation of methanol synthesis [16,17].

The main object of this work is enhancement of ammo-
ia decomposition in membrane reactor. In this system, the
all of reactor is coated with a hydrogen perm-selective mem-

rane. The hydrogen partial pressure gradient is the driving
orce for hydrogen permeation from reacting gas to sweep-
ng gas. The advantages of the concept will be discussed
ased on ammonia conversion profile along the reactor. The
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contains the concentrations as function of reactor length and
radius, we considered one-dimensional model, because of the
Fig. 1. Cross-section of a countercurrent flow catalyst bed membrane reactor.

esults are compared with the performance of conventional-type
eactor.

. Reactor configuration

A schematic of catalytic membrane reactor for ammonia
ecomposition is shown in Fig. 1. NH3 over Ni/Al2O3 catalyst
onverts to N2 and H2. This reactor is considered two concentric
ipes. The inner pipe is catalytic reaction side and other pipe is
hell side. The inner tube supports a dense film of Pd–Ag and the
uter one is the non-permeable shell. The materials are flowing
hrough the reaction and shell sides in co-current and counter-
urrent flow modes. Hydrogen permeates along the reactor in
rder to control amount of hydrogen for better operability and
fficiency.

. Theory

.1. Permeability of Pd–Ag membrane

The composite membrane used in this study is made of very
hin layer of palladium–silver alloy. The membrane is deposited
s a continuous layer on the outer surface of thermo stable
upport. The permeation rate of hydrogen through the Pd–Ag
embrane [QH (mol/s)] is assumed to obey the half-power pres-

ure law [18,19], then:

H = Q0(P1/2
1 − P

1/2
2 )

(
A

δ

)
(4)

here Q0 is the permeability constant of hydrogen gas through
he membrane (mol cm/(cm2 s atm1/2)); A is the membrane area
vailable for flow (cm2); and δ is the film thickness of the
embrane (cm). The permeation rate of hydrogen is directly

roportional to the difference in square roots of the upstream
nd downstream hydrogen partial pressures. The permeability
onstant of hydrogen gas (Q0) through Pd–Ag film obey the
rrhenius law and can be expressed as follows [20,21]:

0 = 3.2027 × 10−9 exp

(−6.38

RT

)
(5)

here R is universal gas constant (kJ/(mol K)) and T is absolute
emperature (K).
.2. Reaction kinetics

Ammonia decomposition/synthesis rate equation on a solid
atalyst is assumed to obey Temkin–Phyzev mechanism [22].

r
s

a

rdous Materials 153 (2008) 557–565 559

orresponding rate equation was generally accepted by many
uthors [23,24]. This reaction rate equation is:

NH3 = k

⎡
⎣
(

P2
NH3

P3
H2

)β

− PN2

K2
eq

(
P3

H2

P2
NH3

)1−β
⎤
⎦ (6)

here:

= k0 exp

(−E

RT

)
(7)

The first term within the brackets of the rate equation is
mmonia decomposition while the second term is the rate of
mmonia synthesis. There are three kinetic parameters in the rate
quation, the pre-exponential factor k0 (mol/(m3 s Pa−0.674)), the
ctivation energy E (J/mol) and β. These parameters were mea-
ured experimentally for NH3 decomposition over Ni/Al2O3
atalyst on the pressure range 929–3549 kPa for a wide range of
H3 and H2 ratios [25]. A value of 0.674 was obtained for β.
he resulting Arrhenius-type relationship for the rate constant

s:

= 5.744 × 1019 exp

(
−2.304 × 105

RT

)
(8)

The thermodynamic equilibrium constant Keq defined by
arrison and Kobe according to the following equation [26]:

og

(
1

Keq

)
= 2250.322

T
− 0.8534 − 1.51049l × log T

−25.8987×10−5T+14.8961 × 10−8T 2 (9)

.3. Model development

In order to represent membrane system, differential conser-
ation of components equation was derived for co-current and
ountercurrent configurations. The equations were derived sub-
ect to the following assumptions:

. Isothermal operation (due to low ammonia concentration).

. Plug flow is considered in tube and shell side.

. Pressure drop is negligible. The length of reactor is rela-
tively small and the operating pressure is relatively high
(36 atm).

. Reaction occurs only inside catalyst bed (tube side).

. Steady state operation.

. One-dimensional flow is considered.

Although Gobina et al. [27,28] presented a rigorous model
atio of reactor length over reactor diameter is high (100/1 = 100)
uch as it is observed in Gobina et al. paper [4].

The mass balance equations in term of component molar flow
re given in the following sections.
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these figures. The base data for simulation in order to comparison
are presented in Table 3. L/L0 is the dimensionless reactor length
and the specified points are experimental data.

Table 2
Comparison of ammonia decomposition between model and Gobina data at
T = 873 K, P = 36 atm for countercurrent mode

Dimensionless
length (L/L0)

Ammonia conversion (%) Error (%)

Gobina data Simulation results

0.0625 3 3.07 2.3
Fig. 2. Comparison of ammonia decomposition between model and Gobin

.4. Material balance

The model determines the molar flow rates of all components
s a function of axial position in both the tube side and sweep
ide of the membrane reactor.

.4.1. Tube side material balance
The differential material balance equations on species i for

he tube side of both co-current and countercurrent flow catalytic
embrane reactor are given below.

dF t
i

dl
= νirNH3

πd2

4
− dQi

dl
(10)

The first term is the reaction term and the second term is the
ermeation term of species of i. νi is the reaction stoichiometry of
ach component (positive for product and negative for reactant).
t
i is the component molar flow rate, l is axial position in reactor
nd d is the tube diameter.

.4.2. Shell side material balance
A similar differential material balance equation is obtained

or sweep side of the membrane reactor.

dF s
i

dl
= ±dQi

dl
(11)

The sign is positive for co-current and is negative for counter-
urrent flow. Four components are present in tube side, namely,
mmonia, nitrogen, hydrogen and inert that consists of argon
nd methane.

. Numerical solution

The model consists of six ordinary differential equations. The
ost widely used method of integration for ordinary differential

quations are the series of methods called Runge–Kutta second,
hird and fourth order. We used the fourth order method for
olving the system of equations. For co-current flow an initial
alue problem is solved since all boundary conditions are at

he same point. The boundary conditions for co-current case for
pecies i are:

t
i = yifF

t
in at l = 0 (12)

0
0
0
1

a at different temperature and pressure: (a) co-current; (b) countercurrent.

s
i = F s

in at l = 0 (13)

A boundary value problem is solved for the countercurrent
ow since the tube and shell side boundary conditions are at
pposite ends of the tube. The Shooting method converts the
oundary value problem to an initial value one. In this method,
he unspecified initial conditions of the differential equation sys-
em are guessed and the equations are integrated forward as a
et of simultaneous initial value differential equations. At the
nd, the calculated final values are compared with the bound-
ry conditions and the guessed initial conditions are corrected
f necessary [29]. This procedure is repeated until the specified
erminal values are achieved within small convergence criterion.
oundary conditions for countercurrent case for species i are:

t
i = yifF

t
in at l = 0 (14)

s
i = F s

in at l = L (15)

. Model validation

The model was verified against results that were presented
y Gobina et al. [4]. Fig. 2(a and b) and Table 2 show that there
s insignificant error for co-current and countercurrent flow over
he pressure range 10–36 atm and temperature range 673–923 K.
mmonia conversion along the reactor tube length is depicted in
.125 18.4 18.57 1

.35 93 92 1

.625 100 99.6 0.6

.0 100 100 0
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Table 3
Input data for comparison between model and Gobina data [4]

Volume of the catalyst bed (cm3) 6.689
Palladium–silver film thickness (cm) 6 × 10−4

Diameter of catalyst pellets (cm) 0.15–0.2
Catalyst density (kg/m3) 510
Surface area of catalyst (m2/kg) 190,000
Void fraction 0.4
Pressure of synthesis gas (atm) 36.0
Pressure of sweep gas stream (atm) 1.0
Flow rate of synthesis gas (cm3/min) 350.0
Flow rate of sweep gas (cm3/min) 300.0
Tube length (cm) 14

Feed composition (mol%)
H2 20
NH3 0.3
N2 48
CO + CO2 26

6

a
t
b
o
e
T

Table 4
Summary of input parameters used for catalytic membrane reactor simulation

Palladium–silver film thickness (cm) 6 × 10−4

Diameter of catalyst pellets (cm) 0.15–0.2
Catalyst density (kg/m3) 510
Surface area of catalyst (m2/kg) 190,000
Void fraction 0.4
Pressure of sweep gas stream (atm) 1.0
Flow rate of synthesis gas (mol/min) 0.180
Flow rate of sweep gas stream (mol/min) 0.150
Tube diameter (cm) 1
Reactor and membrane length (cm) 100
P
M

t
p

6
m

b
t

3 3

F

H2O 1.5
CH4 4.2

. Results and discussion

The effect of various parameters on NH3 decomposition in
catalytic membrane reactor was investigated. Temperature,

ube side pressure, sweep gas flow ratio, configuration of mem-

rane, membrane thickness and membrane diameter are several
ptions that was considered in reactor performance. The param-
ters used in the membrane reactor simulation are listed in
able 4. The composition of the inlet tube stream is based on

A

i

ig. 3. Comparison of co-current membrane and equilibrium reactors: (a) reaction pr
ressure of feed gas (atm) 36
embrane surface area (cm2) 314

he purge gas of Razi petrochemical complex in the ammonia
lant (Table 1).

.1. Comparison between equilibrium reactor and
embrane reactor

Fig. 3 shows that the ammonia conversion in catalytic mem-
rane reactor will be higher than equilibrium one if we choose
he proper conditions. Ammonia conversion is defined as:

F t
NH ,in − F t

NH ,out
mmonia conversion =
F t

NH3,in
× 100 (16)

In lower temperatures the rate of ammonia decomposition
s small and decreasing pressure of tube side decreases the

essure = 36 atm; (b) reaction pressure = 30 atm; (c) reaction pressure = 20 atm.
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ig. 4. Comparison of conversion in membrane and fixed bed reactor (no hydro-
en permeation).

mmonia conversion in membrane reactor while the equilibrium
onversion increases. Hence the membrane reactor approaches
o the equilibrium reactor. As the pressure in tube side decreases,
he driving force for hydrogen permeation decreases. As a result
he conversion in membrane reactor decreases. The result shows
hat at low pressure and temperature the ammonia conversion
n membrane reactor is lower than equilibrium. Fig. 3(c) shows
hat at pressure of 20 atm and temperature below 860 K under the
imulation conditions in Table 2, at the temperature below 860 K,
ncreasing temperature improve the rate of reaction, leading to

ore conversion of ammonia. As the temperature increases,
he positive effect imposed by thermodynamic of endothermic
eaction emerges and conversion of ammonia increases, but the
mmonia conversion in membrane reactor is lower than equi-
ibrium one since at low temperature and pressure hydrogen
ermeation decreases and there is not enough residence time
or more decomposition of ammonia in the tube side. This phe-
omenon can be explains according to Daköhler number (Da)
nd permeation number (θ). Tsuru and Yamaguchi [11] pre-
ented the effects of Daköhler number (ratio of reaction rate

o feed flow rate) and permeation number (ratio of perme-
tion to the feed flow rate) on methane conversion in catalytic
embrane reactor for methane steam reforming. In fact, ammo-

ia conversion increases with an increase in Daköhler number

b
a
v
b

Fig. 5. Effect of pressure on ammonia conversion:
ardous Materials 153 (2008) 557–565

Da). The increase in Da number, which allows a local equi-
ibrium in the reaction side, as a result of the high reaction
ate compared with the feed flow rate, shows the larger con-
ersion. An increase in permeation number θ, which can be
chieved either by large hydrogen permeability or by decreasing
he feed flow rate, causes a effect on the enhancement of ammo-
ia conversion, therefore ammonia conversion increases beyond
he equilibrium conversion when Daköhler number and perme-
tion number increases. The tube lengths used for comparison
ere 50 cm.

.2. Comparison between fixed bed and membrane reactor

Fig. 4 shows that ammonia destruction in conventional fixed
ed reactor has low efficiency. Since the permeation rate of
ydrogen is zero, conversation at these conditions is not more
han 5 mol%. In the membrane reactor complete destruction is
btained. Here due to the permeation of hydrogen, the equi-
ibrium shifts to the right and ammonia decomposition occurs.
weep ratio is defined as the ratio of the flow rate of sweep gas

n the shell side to the feed inlet flow rate. Using a sweep gas in
hell side decreases the hydrogen partial pressure and increases
he driving force for hydrogen permeation. In this figure ammo-
ia conversion for membrane reactor with sweep gas, is higher
han the membrane reactor without sweep gas, in other expres-
ion a smaller tube length of membrane is required when the
weep gas in the shell side is used.

.3. Effect of tube side pressure

Fig. 5 shows effect of reaction side pressure on the ammo-
ia conversion along the tube side of membrane reactor. As
he tube side pressure increases in both co-current (Fig. 5(a))
nd countercurrent (Fig. 5(b)) modes the driving force for
ydrogen permeation increases and more hydrogen is removed
rom reaction side, therefore the equilibrium, shifts to the right
nd decomposition is gone toward completion. The difference

etween these modes at high temperature is very insignificant
nd at low pressure, for example, at 4 atm the ammonia con-
ersion in the outset of reactor is higher than other pressures
ecause the decomposition reaction rate at low pressure is larger

(a) co-current flow; (b) countercurrent flow.
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Fig. 6. Effect of temperature on ammonia conv

ut complete destruction of the ammonia cannot be achieved due
o lower driving force.

.4. Effect of tube side temperature

Fig. 6 shows the effect of temperature on the ammonia con-
ersion in catalytic membrane reactor. As temperature increases,
he rate of ammonia decomposition and hydrogen permeation
ncreases, therefore ammonia conversion increases. For tem-
eratures below 760 K the difference of conversion between
o-current and countercurrent modes will be large and a smaller
ube length is required in the countercurrent mode. The major
dvantage of utilizing a membrane reactor is shown in these
gures. At temperature below 760 K an initial increase in the pro-
uction of ammonia (conversion is negative) occurs, because the
oncentration of hydrogen and nitrogen are approximately high,
ut as the hydrogen permeates through the Pd–Ag membrane,
he equilibrium is driven toward ammonia decomposition.
.5. Effect of Pd–Ag membrane thickness

Effect of Pd–Ag layer thickness is shown in Fig. 7. Reducing
hickness of Pd–Ag layer raises conversion of ammonia, because

ig. 7. Effect of thickness of Pd–Ag layer on ammonia conversion (countercur-
ent flow).

s
s
s
f
i

n: (a) co-current flow; (b) countercurrent flow.

he permeation rate of hydrogen is inversely proportional to the
ayer thickness according to Eq. (4).

.6. Effect of reactor diameter

Fig. 8 presents the reactor diameter effect on ammonia con-
ersion in membrane reactor in countercurrent mode. Increasing
eactor diameter implements two effects on membrane perfor-
ance: decreasing space velocity and increasing membrane

rea. With increasing membrane area, hydrogen more permeate
nd when the space velocity reduced, there is more residence
ime for ammonia conversion. Therefore the ammonia conver-
ion rises when the reactor diameter increases.

.7. Effect of sweep ratio

Fig. 9 demonstrates the effect of sweep ratio on ammonia
onversion in countercurrent mode. Sweep ratio defines as the
hell side flow rate over tube side flow rate. Increasing shell
ide flow rate causes increasing sweep ratio and the hydrogen is

wept faster and the hydrogen partial pressure reduced. There-
ore, hydrogen can more permeate and the ammonia conversion
ncreases.

Fig. 8. Effect of reactor diameter on ammonia conversion.
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Fig. 9. Effect of sweep ratio on ammonia conversion.

.8. Hydrogen recovery

One of the clear advantages of the membrane reactor is hydro-
en recovery. Hydrogen recovery is defined as the hydrogen
ow rate in shell side to the total hydrogen flow rate in the feed.

ig. 10 shows that at constant pressure but different tempera-

ures, there is very little difference between hydrogen recoveries
hile at constant temperature and different pressures the defer-

nce between hydrogen recoveries is considerable.

5
r
b
f

Fig. 10. Effect of temperature (a) and p

ig. 11. Calculated specifications of industrial catalytic membrane reactor for elimi
iameter = 1 in.; (b) tube diameter = 2 in.
ig. 12. Comparison of concurrent and countercurrent mode on ammonia con-
ersion.

.9. Industrial membrane for complete destruction of
mmonia

The purge gas flow rate in Razi petrochemical complex is

70 kg mol/h. In order to utilize this purge gas as fuel in primary
eformer, the NH3 must be removed in industrial catalytic mem-
rane reactor to prevent NOx formation. The model was used
or calculation and the simulation results are in Fig. 11.

ressure (b) on hydrogen recovery.

nation of ammonia from purge gases in Razi petrochemical complex: (a) tube
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.10. Comparison of concurrent and countercurrent modes

A comparison of concurrent and countercurrent mode on
mmonia conversion has been shown in Fig. 12. This figure
llustrates the ammonia conversion at countercurrent mode is
igher than co-current mode of operation. As can be seen from
his figure, at pressure 36 atm and temperature 820 K, com-
lete conversion takes place at 64 cm for concurrent flow and
5 cm for countercurrent flow. In fact, driving force (difference
f hydrogen partial pressure in tube and shell sides) is more in
ountercurrent mode.

. Conclusion

A mathematical model was used for simulation of catalytic
embrane reactor in order to remove NH3 from synthesis purge

as of ammonia plant. It has been shown that complete decom-
osition of NH3 can be attained by utilizing catalytic membrane
eactor, while it is impossible by equilibrium or fixed bed reac-
or, due to thermodynamics limitation. At lower temperatures
<760 K), the countercurrent mode has superiority compared to
o-current mode. Using a sweep gas in the shell side increases
he NH3 decomposition rate. The effects of pressure, tempera-
ure, flow rate or sweep ratio, membrane thickness and reactor
iameter have been investigated. Generally, it was observed the
ositive effects on ammonia conversion by increasing the tem-
erature, sweep ratio and reducing membrane thickness. As
he tube side pressure increases, more hydrogen is removed
rom reaction side, therefore the equilibrium, shifts to the right
nd decomposition is gone toward completion but, at low pres-
ure the ammonia conversion in the outset of reactor is higher
han other pressures because the decomposition reaction rate at
ow pressure is larger but complete destruction of the ammonia
annot be achieved due to lower driving force. An additional
otential membrane reactor application is the recovery of H2
rom purge gas mixer that can be used as fuel. Use of such
ystem would be important for the prevention of NOx emission,
lobal warming and acid rain which at present time have a signif-
cant environmental impact. Combining reaction and separation
n a single unit operation, low energy consumption and smaller
eactor length are other advantages of a catalytic membrane
eactor.
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